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ABSTRACT

The demand for energy has increased significantly. On the other hand, energy production
suppliers are located in different and remote locations around the world. This requires efficient
transport and storage of large-scale energy. Usually, large-scale is stored and transported in
liquefied forms due to its reduced volume. However, liquid cryogenic storage loses some of its
energy due to evaporation, called boil-off gas (BOG), which is called by change in temperature
between storage medium and environment. This study examines the production of Dimethyl
Ether (DME) and Liquefied Natural Gas (LNG) from natural gas, comparing boil-off gas
(BOG) generation, energy intensities, and environmental impacts using dynamic simulation.
Results from the simulation indicate a significantly higher BOG rate for LNG, with storage
pressure increasing from 0.5 atm to 4.1 atm over 15 days, compared to a minimal increase from
23.4 atm to 23.7 atm for DME in the same period. This suggests that DME offers superior
storage stability with lower evaporative losses. However, DME production was found to be
more energy-intensive, with an energy consumption of 37.9 GJ/tonne compared to 2.07
GJ/tonne for LNG, and also generated higher CO2 emissions, at 2.12 kg CO2/kg of DME versus
LNG emission of 1.16 kg CO2/kg of LNG. These findings highlight a trade-off between the
lower BOG rate of DME and its higher energy and environmental impacts. Thus, the choice
between DME and LNG production pathways depends on the specific priorities of the
application, whether it be minimizing evaporative losses or reducing energy consumption and

emissions.

Keywords: Liquefied Natural gas, Dimethyl ether, Boil off gas, Energy intensity



RESUMO

A procura de energia aumentou significativamente. Por outro lado, os fornecedores de
producdo de energia estdo localizados em locais diferentes e remotos em todo o mundo. Isto
requer um transporte e armazenamento eficientes de energia em grande escala. Normalmente,
0 grande volume é armazenado e transportado na forma liquefeita devido ao seu volume
reduzido. No entanto, 0 armazenamento criogénico liquido perde parte da sua energia devido
a evaporacdo, denominada gas de ebulicdo (BOG), que é denominado pela variacdo de
temperatura entre 0 meio de armazenamento e 0 meio ambiente. Este estudo examina a
producéo de Eter Dimetilico (DME) e Gas Natural Liquefeito (GNL) a partir de gas natural,
comparando a geracdo de gas ebuliente (BOG), as intensidades energéticas e 0s impactos
ambientais utilizando simulacdo dinamica. Os resultados da simulacdo indicam uma taxa de
BOG significativamente mais elevada para o0 GNL, com a pressdo de armazenamento a
aumentar de 0,5 atm para 4,1 atm ao longo de 15 dias, em comparacdo com um aumento
minimo de 23,4 atm para 23,7 atm para 0 DME no mesmo periodo. Isto sugere que o DME
oferece uma estabilidade de armazenamento superior com menores perdas por evaporagdo. No
entanto, verificou-se que a producdo de DME €é mais intensiva em energia, com um consumo
de energia de 37,9 GJ/tonelada em comparacdo com 2,07 GJ/tonelada para o GNL, e também
gerou emissdes de CO2 mais elevadas , de 2,12 kg CO2/kg de DME versus emissdes de GNL
de 1,16 kg CO2/kg de GNL. Estas conclusdes destacam um compromisso entre a menor taxa
de DME no BOG e 0s seus maiores impactos energéticos e ambientais. Assim, a escolha entre
vias de producdo de DME e GNL depende das prioridades especificas da aplicacdo, quer

minimizando as perdas por evaporacao, quer reduzindo o consumo de energia e as emissoes.
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CHAPTER |

1. INTRODUCTION

1.1 BACKGROUND

The need for efficient transport and storage of large-scale energy is rising due to increase in
demand for energy worldwide. On the other hand, energy production suppliers are located far
away from the regions in demand around the world. This requires efficient transport and storage
of large-scale energy. Usually, large-scale energy is stored and transported in liquefied forms
due to its reduced volume. However, liquid cryogenic storage loses some of its energy due to
evaporation, called boil-off gas (BOG), which is caused by a change in temperature between

the storage medium and the environment.

Natural gas (NG) is a mixture of light hydrocarbons. It comprises methane, ethane, propane,
butane, natural gasoline (Cs+ cut) and some content of non-hydrocarbons components, which
can be liquefied to produce the so known Liquefied Natural Gas (LNG). This product is widely
taken as the future of the energy storage. In the other hand, dimethyl ether (DME) is non-toxic
and non-carcinogenic chemical compound with physical characteristics closer to LPG, thus

making it a potential energy carrier.

The scholar have proposed different energy carriers to store and transport large energy in
liquefied form. Even though these energy carriers store and transport more energy compared
to other forms of energy, storage and transportation processes in liquefied form loses some of
its mass due of temperature difference between the environment and the storing device. These
losses from energy carriers in liquefied form are called boil-off gas (BOG). The BOG occurs
wat different stages of an energy carrier supply chain, but mainly at the onshore storage and

maritime transportation phases (Al-Breiki & Bicer, 2020).

In the open literature there are many studies focusing on direct conversion of methane to DME
as way of eliminating the flaring of natural gas. This would avoid burning methane in oil
platforms, allowing the safe transportation of the natural gas in the form of DME. Researches
made by Otaraku & Onyekaonwu (2018), Makos et al. (2019) and Jafariet al. (2021) discusses



the idea and existing technology to convert natural gas into DME as way of safe transporting

of this commodity to avoid flaring.

As mentioned above, the major problem of both DME and LNG as energy carriers is the BOG
formation. This losses impact both the calorific of the carriers as well a loss in mass. Al-Breiki
& Bicer (2020) conducted research investigating the effect of BOG on energy carriers
(methanol, LNG and DME) during land storage and maritime transportation. Their study
focused on the loss of mass of DME and LNG due to energy intakes when storing these
commodities. However, one should note that these researches present in the open literature
mainly focus on the technical feasibility in terms of BOG generation only. These leaves room
to make a more detailed analysis.

The global energy landscape stands at a critical point, considering the complex interplay
between energy demand, environmental concerns, and the search for sustainable energy
alternatives. Natural gas, a versatile and abundant hydrocarbon resource, has gained
prominence as a transitional fuel due to its relatively lower carbon intensity compared to other
fossil fuels such as coal and oil. Within this context, exploring and optimizing the production
processes of derivative fuels like Dimethyl Ether (DME) and Liquefied Natural Gas (LNG)

from natural gas emerges as a pivotal research domain.

DME, known for its properties as a clean-burning and versatile fuel, holds promise in various
sectors, including transportation and power generation. Meanwhile, LNG remains a
fundamental resource in the global energy trade due to its high energy density and ease of
transportation. Understanding the technical issues of producing these derivatives from natural
gas and evaluating their boil-off gas and energy intensity becomes imperative for informed

decision-making regarding their industrial-scale adoption.

This dissertation aims to delve into a comparative study of the technical feasibility, specifically
focusing on the boil-off gas and energy intensity aspects, pertaining to DME and LNG
production processes. The utilization of Aspen HYSY'S simulation software serves as a robust

framework for modeling and evaluating these processes.



1.2 MOTIVATION

The state-of-the-art of the literature regarding LNG and DME technical feasibilities in terms
of energy carriers, focus only on the comparison of the BOG rate of the two commaodities, as
mentioned in the last section. However, to make an educated choice between DME and LNG
as energy carriers, a broader analysis should be made, comparing the entirety of factors that
affect their feasibility. This includes an analysis covering the BOG generation rate, the

environmental impacts, the energy intensities and economic feasibility study.

Due to these limitations present in the current open literature regarding this topic, there is a
need to conduct more studies to cover the areas not explored up to now. Thus, the outcomes of
this study are expected to provide critical insights into the technical feasibility of DME and
LNG production, particularly concerning their boil-off gas generation, energy intensity and
carbon footprint (CO2 emissions). By elucidating the comparative advantages and challenges
of these processes, this research aims to inform policymakers, industry stakeholders, and
researchers about the optimal pathways for maximizing efficiency and sustainability in the

utilization of natural gas-derived fuels.

In summary, this dissertation endeavors to contribute to the academic community by presenting
a comprehensive comparative analysis of DME and LNG production processes, with a specific
focus on their boil-off gas generation and energy intensity, ultimately aiming to guide informed

decision-making in the global energy landscape.

1.3 RESEARCH PROBLEM

The contemporary energy scenario demands an in-depth exploration into the technical
feasibility aspects of DME and LNG production, particularly concerning boil-off gas
generation and energy intensity. The challenge lies in comprehensively understanding and
comparing these two derivatives' production processes to ascertain their efficiency in utilizing
natural gas feedstock. Addressing this requires a thorough investigation into the intricacies of
boil-off gas dynamics and the energy intensities associated with the production pathways of
DME and LNG. To navigate the complexities surrounding DME and LNG production, the
following research questions will guide this study:
3



1. What are the boil-off gas generation profiles within the DME and LNG production
processes, and how do these compare in terms of quantity and management strategies?

2. How do the energy intensities of DME and LNG production differ concerning resource
utilization and operational efficiency?

3. What are the key technical factors influencing the comparative feasibility of DME and
LNG production, particularly in the context of boil-off gas dynamics and energy

intensity?
1.4 RESEARCH LIMITATIONS

While this study aims to delve deeply into the technical feasibility of DME and LNG
production, certain limitations exist: factors such as economic feasibility and broader
environmental impact assessments are beyond the immediate scope of this research and may

warrant further investigation in subsequent studies.



1.5 RESEARCH OBJECTIVES
1.5.1 GENERAL OBJECTIVE

To conduct a comprehensive comparative analysis that assesses the technical feasibility of

DME and LNG production processes.
15.2 SPECIFIC OBJECTIVES

= To develop a model and simulate the production processes of DME and LNG derived
from natural gas feedstock;

= To investigate a comprehensive understanding of the difference in boil-off gas
generation between DME and LNG;

= To evaluate the energy intensities of DME and LNG production, focusing on resource

efficiency and optimizing energy consumption.



CHAPTER II

2. LITERATURE REVIEW

The use of alternative fuels has become a crucial topic of research in the field of sustainable
energy solutions. In order to conduct a technical comparison between DME and LNG, which
is both created from natural gas, this chapter reviews critically the state-of-the-art of DME and
LNG productions. The inquiry looks into essential features critical for evaluating the
practicality and sustainability of these alternative fuels, with a particular emphasis on Boil-Off
Gas (BOG) management, energy intensity, and CO2 emissions. This review attempts to clarify
the complex technical nuances and relative benefits of employing DME and LNG as sources

for clean energy.
2.1 NATURAL GAS

Natural gas (NG) is a mixture of light hydrocarbons. It comprises methane, ethane, propane,
butane, natural gasoline (Cs+ cut) and some content of non-hydrocarbons components, such as
oxygen, nitrogen, sulphur, mercury, helium and chlorine, which are also known as heteroatoms.
NG as it occurs in nature it cannot be used, due to the high level of impurities within it, mostly
coming from the heteroatoms. The heteroatoms of NG, have no intrinsic calorific value; thus,
their presence in the NG stream reduce (as consequence of dilution) the calorific value of the
hydrocarbons contents of NG. Finally but not least important, these heteroatoms are deleterious
for the NG processing, since they are the main source for catalyst deactivation.

Gas condensate is a hydrocarbon liquid stream separated from natural gas and consists of
higher-molecular-weight hydrocarbons that exist in the reservoir as constituents of natural gas.
Gas condensate are recovered as liquids in the wellhead separators as the pressure declines
during NG production at the processing plants. The condensate stream is composed by ethane,
propane, butane, and natural gasoline (Cs: cut). There is a specific terminology used in the
natural gas processing industry for this liquid hydrocarbon stream recovered from natural, i.e
all condensates; C, to Cg are natural gas liquids (NGL). Natural gas liquids must not be
confused with Liquefied Petroleum Gas (LPG); LPG, is a fraction of the NGL comprising only
of propane and butane, with some amounts of ethane, pentanes and iso-butanes as impurities
(Speight, 2015).



The two primary uses for natural gas are as a fuel and as a petrochemical feedstock, however,

before that happens, NG undergoes a pre-treatment process, comprised by the following steps:

= Purification - removal of materials, valuable or not, that inhibit the use of the gas as an
industrial or residential fuel;

= Separation - splitting out of components that have greater value as petrochemical
feedstocks, standalone fuels (e.g., propane), or industrial gases (e.g., ethane, helium);

= Liquefaction -increase of the energy density of the gas for storage or transportation.

Typical pre-treatment processes for Natural Gas in a natural gas processing plant are depicted
in Figure 1. In any natural gas processing plants the objective is to treat the raw gas brought in
from the field so that it can be sold to downstream users. Natural gas treatment steps shown in
figure 1 may depend on natural gas composition or sales specification. Three to four basic
processing steps are common in the gas processing plants on order to bring the raw gas at the

wellhead up to either plant or sale specifications:

1. Condensate and water removal: this involves separating the gas from free liquids such
as water, crude oil, LPG condensate and entrained solids;

2. Acid gas removal or gas sweetenening: remove undesirables such as sour components,
such as carbon dioxide and hydrogen surphide; The sour components separated (mainly
H>S and CO3) from the gas can converted to elemental sulphur (Claus process) which
in turn is sold for downstream customers' use or flared to atmosphere depending on
environmental requirements;

3. Water removal or dehydration: processing of gas to remove water vapor.
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Figure 1: Natural gas processing: streams and final products. Adapted from Petro blogger
(2011).

After appropriate removal of impurities and separation of valuable hydrocarbons, natural gas
is sent to petrochemical industry as feedstock for production for instance Of DME, LNG, or
other used as shown in figure 2. Alternatively, processed natural gas is transported via pipeline
to the market. Natural gas transportation via pipeline usually impose restrictions on the make-
up of the natural.

Figure 2 shows a simplified flow of material from reservoir to finished product and provides

an overall perspective of natural gas value chain.
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Figure 2: Schematic overview of natural gas industry (Kelechi et al., 2022)

The next sections discuss the production of DME and LNG from natural gas as standalone

processes.
2.2 DIMETHYL ETHER PRODUCTION FROM NATURAL GAS

The basic ether is the dimethyl ether (DME) with the chemical formula CH3sOCHg, is hon-toxic
and non-carcinogenic. The Hydrogen/Carbon ratio, H/C ratio, is high and it lacks Carbon-
Carbon, C-c bonds. Because DME and LPG share comparable physical characteristics, DME
can be delivered and stored utilizing current infrastructures with just minor adjustments. DME
is therefore thought to be an alternative to LPG for heating and cooking, as well as for use as
an aerosol propellant in spray cans. Because DME has a high cetane number and produces
fewer NOx emissions when burned, it is also regarded as a diesel fuel substitute (Karagoz,
2014). It is a colorless gas, sulfur and nitrogen free. Selected physical properties and
combustion characteristics of DME compared with other relating fuels are presented in Table
1. The vapor pressure of DME is about 0.6 MPa at 25° C, which means that DME liquefies
easily under light pressure (Ogawa et al., 2004).



DME does not require expensive LNG tankers or LNG facilities for storage because it may be

distributed and stored using LPG handling technology. After natural gas is transformed into

DME, it will offer a competitive alternative method of natural gas transportation (Ogawa et al.,

2004).

DME can be produced from different sources (see Figure 3) such, crude oil, residual oil, coal,

waste products and biomass.

Table 1: Physical Property of DME and other fuels (Ogawa et al., 2004)

Chemical formula

Boiling point (K)
Liquid density (g/cm3, 293K)

Specific gravity (vs. air)

Vapor pressure (atm, 293K)

Explosion limit

Cetane number

Net calorific value (MJ/Nm®)
Net calorific value (MJ/kg)

Methanol (MeQH)

Natural gas

Natural gas, carbon

dioxide

[Properties] DME Propane = Methane @ Methanol
CH30CH3 CsHs CH4 CH3OH
247.9 231 1115 337.6
0.67 0.49 - 0.79
1.59 1.52 0.55 -
6.1 9.3 - -
3.4-17 2.1-9.4 5-15 5.5-36
55-60 (5) 0 5
59.44 91.25 36.0 -
28.90 46.46 50.23 21.1
> Dehydration s:»‘rlthezf:tcl}?}iﬂrat1on Wil o
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Figure 3: DME Feedstock breakdown.
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However, DME production can be taken in two different ways, the direct route, where DME is
directly produced from syngas and the indirect route which involves the upstream methanol
production (Fortin et al., 2020), see Figure 4. Direct DME production process consists of
pretreatment, reforming, gas cleaning-recycles, DME synthesis, and separation and

purification of DME sections (Karagoz, 2014).

Coal Synthesis -—>} Methanol E—
Sources: Natura'l Gas | Gas ‘ . : DME
Oil ‘ Indirect Conversion
Biomass (CO+H;) >

Direct Conversion

Figure 4: DME production Routes.

221 DIMETHYL ETHER INDIRECT SYNTHESIS

DME can be produced in two different ways, as previously mentioned and illustrated in Figure
4. The first method, known as the indirect route, uses the produced methanol to promote its
dehydration in separated reactors, while the second, and possibly more efficient, method is
known as the direct route and involves the single-stage production of DME using bi-functional

catalysts.

The technology of this one step process belongs to companies such as Haldor Topsoe, JFE
Holdings, Korea Gas Corporation, Air Products, and NKK (Azizi et al., 2014).

DME has traditionally been made from syngas using a two-step process in which methanol is
first generated, refined, and then transformed into DME in a second reactor. The following

equation illustrates how a dehydration process converts methanol to DME (Fortin et al., 2020).

The manufacture of DME is theoretically preferred at low temperatures since the dehydration
of methanol to DME is an exothermic process. It occurs in the presence of solid-acid catalysts
such as y-Al>03, zeolites, or silica-modified alumina. Figure 5 describes a typical indirect DME

production scheme.
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The production scheme depicted in Figure 5 starts with methanol that is produced from natural

gas steam reforming. As matter of simplification, the reforming section has not been presented

down below.
‘ (<)
Methanol

c — 'l-l.l DI\I.E

! - Tank

— ﬂ.&_, —

. — To Waste

Reactor DME Tower | Water
: Treatment

Methanol/Water Tower

Figure 5: Indirect DME production scheme (Fortin et al., 2020)

A slightly altered indirect process is used to model the production of DME. Figure 5 displays
the flowsheet for the fundamental indirect process. In this work, a methanol/ethanol mixture
rather than pure methanol is used to feed the process. In fact, this lowers the feedstock's cost.
Therefore, a first distillation of the process input stream is required to separate methanol and
ethanol. After that, the ethanol is put away to be used later to make diethyl ether. However, the
following study is restricted to the DME production process following methanol and ethanol

separation.
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2.2.2 DIMETHYL ETHER DIRECT SYNTHESIS

Recently, a technique for direct synthesis has been created. It entails converting syngas to
dimethyl ether (DME) in a single step. This process flowsheet is shown in Figure 6. The
operational units are those generally used for the purification and separation of the DME
process. Using absorption, flash, and distillation, it enables the recovery of methanol and the
separation of CH4, CO, N2, and H>. It makes it possible to produce a very pure DME product
(Fortin et al., 2020).

Direct DME production process consists of pretreatment, reforming, gas cleaning-recycles,
DME synthesis, and separation and purification of DME sections.

»

Syngas Njas purge
Xygen
- yngas ) ethanol :
Raw natural gas NG HoICq=) 74| G cleaning EW_ SGP‘:*"“““ D_ME}
————) Pretreatment —H Reforming y » : .
Reeyele syuess Purfication
Products |
02
Recycle CO? . Recycle COZ

Figure 6: General Direct DME Production Scheme.

2.2.2.1 Pre-treatment Section

The purification of raw natural gas is the initial stage in the manufacturing of DME from it.
Raw natural gas is initially delivered to an acid-gas removal unit, as seen in Figure 7, and the
dehydration process comes after. The membrane separation process continues with the nitrogen
removal unit as the following stage. To recover natural gas liquids, the cooled nitrogen-reduced
stream is transferred to a de-methanizer and subsequently a de-ethanizer (Karagoz, 2014). The

pretreatment steps are similar as those described in subsection 1.6 figure 1.
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Figure 7: Pre-treatment of natural gas (Karagoz, 2014)

2.2.2.2 Reforming Section

The natural gas is sent to a fractionation plant in the pre-treatment phase shown in Figure 7 in
order to produce liquid light hydrocarbons and methane-rich gas, which are frequently utilized
as feedstocks in the petrochemical industries. The demethanizer recovers the gas that is rich in
methane. After that, the reforming section receives the methane-rich gas in order to produce
DME.

Natural gas is the main source in industry to produce syngas. There are mainly four types of
reforming: Autothermal reforming (ATR), steam methane reforming (SMR), dry reforming,
and combinations of these reforming. Process objectives, availability of material, energy
resources, final product, energy requirement, environmental issues and safety issues are the

main concepts for selection of reforming type or types (Noureldin et al., 2014).

ATRs are attractive when used in combination with a reforming exchanger. They are also suited
for making large volumes of synthesis gas, especially with relatively low hydrogen/carbon
monoxide ratios such as 1.5/1 — 3/1. These lower ratios are desirable for synthesis of higher

molecular weight hydrocarbons (Rice & Mann, 2007), such as DME.

In the past 10 years, pre-reformers have become more significant in the industry. An

adiabatically operating catalyst-filled vessel is called a pre-reformer. The heat of reaction is

provided by the entering reactants, which have varying heat contents. The feed's higher

hydrocarbons are transformed to methane along with a negligible quantity of hydrogen and
14



carbon oxides. Pre-reformers are used to handle variations in the composition of natural gas,
debottleneck already-existing primary reformers, and transform heavy feedstocks into methane

and lighter components (Franceus et. al., 1999).

A schematic with flow streamlines is pictured in Figure 8.

Oxygen/air
(or enriched air)

Feedstock
and steam - ]

Combustion
A chamber

-

IAARNRRRNARNRANNNN| Catalyst

/ bed
»

\\I—_—_/,/

‘ Synthesis
gas

Figure 8: ATR reactor scheme (Zahedi nezhad et al., 2009)

An ATR reactor has a bed loaded with catalyst at the bottom and a combustion zone at the top.
In the combustion zone, the feedstock is combined with a sub-stoichiometric volume of oxidant
and burnt. The heated gases continue to react in an intermediate conical recirculation section,
in the bottom part, the resulting gases are passed over the catalyst in an attempt to create a
mixture of water as close to equilibrium as possible. To achieve the low end of the H2/CO
range, recycle of carbon dioxide is required (Rice & Mann, 2007).

The feedstock and Oxygen/air are mixed and fed to the combustion chamber through the

installed burner and ignite. Partial combustion reactions occur (POX reactions) and flame
15



temperatures over 3000 °C can be achieved. The high temperatures promote SR reactions in
homogeneous phase and decrease gas temperatures due to their endothermic heat of reaction;
gas temperatures at catalyst bed inlet reach 1100-1300 °C. The gas mixture at the inlet of the
catalyst section is composed of hydrogen, carbon monoxides, steam and unconverted
hydrocarbons. At this low temperature homogeneous SR reactions no longer occur and the
catalyst becomes essential for the heterogeneous SR reactions. The catalyst section brings the
mixture to equilibrium, and also stabilizes the syngas by removing any soot precursors formed
in the combustion chamber; gas outlet temperatures are typically in the range of 900-1100 °C
(Manacas, 2013).

Both pure oxygen and (enriched) air can be employed as the oxidant, and both has benefits and
drawbacks. With air fueled ATR, the air separation unit, which represents for 30-40% of plant
capital costs, is eliminated. However, bigger equipment, greater compression duties, and a
once-through operation are still required. ATR powered by oxygen will need an air separation
unit, although operating expenses will generally compensate it. Air-blown ATR is only utilized
when the syngas requires nitrogen, like in the case of producing ammonia. Natural gas
reformation by ATR can produce lower Ho/CO output ratios (1.8-3.8) than SMR because

oxygen is introduced in place of steam (Seungjune et al., 2008).

Compared to SMR, typical working pressures for oxygen-blown ATR can reach 40-50 bar,
which can compensate for the unfavorable pressure effect on methane conversion by reaching
higher temperature. Sub-stoichiometric oxygen feeding conditions are often achieved at
oxygen to methane ratios (O2/C ratios) of 0.5-0.6. Less steam is needed for carbon-free
operation, which corresponds to an S/C ratio of less than 1. Typically, 16 mm diameter and 8-
10 mm height hollow ring-shaped catalyst pellets, or Ranching rings, are utilized in ATR.
Alumina support contains 3-12% nickel. These catalysts are made with a minimal pressure
drop to prevent process gas bypassing, excellent temperature stability, and enough activity to
attain equilibrium (Manacas, 2013).

Numerous reactions are expected to happen during the reforming process of natural gas. The
series of reactions shown below, will occur if methane is thought to be the primary dominant

specie in natural gas (Azarhoosh et al., 2015).
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Steam Methane Reforming: CH, + H,0 —— CO + 3H, (2.2)

Water Gas Shift: CO + H,0 —— CO, + H, (2.3)
Total Combustion: CH, + 20, —— CO, + 2H,0 (2.4)
Steam Methane Reforming: CH, + 2H,0 —— CO, + 4H, (2.5)
Partial Oxidation: CH, + >0, —— CO + 2H, (2.6)
Partial Combustion: CH, + 0, —— CO, + 2H, (2.7)
Dry Reforming: CH, + CO, —— 2CO + 2H, (2.8)
Boudouard Reaction: 2C0 —— C + CO, (2.9)
Decomposition: CH, —— C + 2H, (2.10)

To reduce the complexity in the development and solution of the simulation model. only the
reactions with significant rates will be considered. The first three reactions prove to have
significant rates, from Equations 2.2, 2.3 e 2.4 (Numaguchi & Kikuchi, 1988). Therefore, other

reactions were ignored in this modeling study.

Xu & Froment (1989), present a very accepted modelling for the kinetics of SMR reactions in
the literature. In their study, the SMR reactions are described using the following kinetic
equations, for reactions 2.2 and 2.3, respectively:

kq Pu 3pCO (2.11)
r,=—= <pCH4pH20 - ZK /(DEN)?
PH, 1
k; PH, Pco (2.12)
r3 = (pCOPHZO i 2) /(DEN)Z
PH, K,
DEN =1+ K¢opco + Ku,Pu, + Ken,Pcn, + Kn,0PH,0/PHh, (2.13)

The kinetic constants of this rate equations are summarized in Table 2. The catalyst used by
Xu and Froment (1989) had the following specifications: the catalyst contained 15.2% nickel,
supported on magnesium spinel. Its BET-surface area was 58 m?, the nickel surface area 9.3
m?/g, (fresh catalyst) and the void fraction of 0.528. The original ring-shaped catalyst with
outer diameter of 10 mm was crushed into particles of 0.18-0.25 mm.
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Parameter
ky

Kcn,

Kh,0

Keql

Ps
PB

Table 2: Kinetic Parameters of SMR.

Expressions

k, = 4.225 x 1015¢(

k, = 1.995 x 105¢(-

Koo = 8.23 x 10-5el

Ky, = 6.12 x 10~%l

)

)

=)

)

38.28)

Kcn, = 6.65 X 10-4e(rT

)

(_88.68)
Ki,0 = 1.77 x 10%e\""RT
Keql
(_223064.62)
= 1.198 x 10%5¢ RT
(36581.6
Keqz = 1.767 X 1072\ RT
(222824.52)
3.527e\" RT
(_36648.7)
1.129 x 108e\" RT
ps = 2337.9
1402.74

Dimensions

Kmol bar®® kgcat?* h!

Kmol bar?kgcat™ h

bar?!

bar?

bar?!

bar?

[bar]?

[bar]°

Kmol bar®®kgcat® h?t
Kmol bar? kgcat™® h!

kg/m3
kg/m3

Source
Xu and Froment
(1989)
Xu and Froment
(1989)
Xu and Froment
(1989)
Xu and Froment
(1989)
Xu and Froment
(1989)
Xu and Froment
(1989)
Hou and Hughes
(2001)
Hou and Hughes
(2001)

Deken et al (1980)

€ = 0.4, assumed

Steam reforming is carried out in a multi-tubular reactor and nickel is used commonly as a

catalyst. The temperature has an important role on the equilibrium composition, and higher

temperatures favor CH4 conversion due to the endothermic nature of the reforming reactions.

At elevated temperatures, the equilibrium shifts to produce more hydrogen and carbon

monoxide, facilitating the breakdown of methane (CH4) into its constituent products in

processes such as steam reforming or dry reforming.

18



2.2.2.3 DME synthesis section

DME synthesis from synthesis gas (syngas: H2+CO gas) has been developed for the past years.
In the process of direct DME synthesis from natural gas, the natural gas will be converted to
syngas of H2/CO=1 with by product CO». Then the total process follows overall reaction (2.18),
and eventually natural gas (methane) is converted into DME and water (Figure 9).

A

To Burner

——(P To Gas Pipe

Water To DME Tank

D To Methanol

RE;
:l @ "‘Q:_.O Tank
AN
N [ DME Tower
Reactor I'o Heat

Exchanger
Methanol/Water Tower

Figure 9: Direct DME production scheme (Fortin et al., 2020)

In this synthesis, H2, CO and CO: are used to produce dimethyl ether in four reactions; three
of them are depicted bellow, and forth one is the reaction in Equation 1 (methanol dehydration):

1. Methanol synthesis from CO

CO + 2H, —— CH;0H AH = —90.4 kJ /mol (2.15)

2. Methanol synthesis from CO>

3. Water gas shift reaction (WGS)

CO + H,0 —— CO, + H, AH = —41 kJ/mol (2.17)
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According to Fortin et al (2020), the overall equation can be written as following, the first

taking into account the WGS (Equation 2.17) reaction and the second without it:

2CO + 4H, —— CH;0CH; + H,0 (2.18)

3C0 + 3H, —— CH,0CH, + CO, (2.19)

Due to the high exothermic nature of this reactions of 2.18 and 2.19, temperature control is
required. When the ratio of H> to CO equals the stoichiometric value, the maximum equilibrium
conversion for each equation is obtained. The primary by product of this process is CO>. In

order to recover CO and Hp, it will therefore be utilized again in the methane reforming unit.
2CH, 4+ 0, + CO, — 3C0 + 3H, + H,0 (2.20)

Banivaheb et al. (2022) provides, a comprehensive review of the state-of-the-art of kinetics
models from Semi-Mechanistic, Data-Based and Hybrid Modeling Approaches. For an in-

depth modelling of the kinetics of DME synthesis,

For the purposes of this research, a lumped model following Langmuir-Hinshelwood kinetics
has been chosen to model the direct production of DME in Aspen HYSYS. Nie et al. (2005),
proposed an intrinsic kinetics model of DME synthesis from syngas over a commercial by
functional catalyst (CuO/ZnO/Al>O3) under a tubular integral reactor at 3—7 MPa and 220-
260°C. The three reactions (equations 2.15 and 2.16) including methanol synthesis (equation
2.17) from CO and H, CO2 and Ha, and methanol dehydration were chosen as the independent

reactions.

The Langmuir-Hinshelwood model is presented for dimethyl ether synthesis; the parameters
of the model were obtained by using simplex method combined with genetic algorithm (Nie et
al., 2005). The model is reliable according to statistical analysis and residual error analysis.

The model is as follows:

kifcofu,”(1 = B1)

Tco = 3 (2.21)
(14 Kcofco + Keo,feo, + Ku,fu,)
kzfco,fu, (1 = B2)
Tco, (2.22)

= 7
(14 Keofco + Kco,fco, + KHszz)
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k3fCH3OH(1 — B3)

TpmE = 2 (2.23)
(1 + \/Kenyonfenson)
g, = fenson (2.24)
L Ke1 feofu,”
g, = Jemsonluso (2.25)
b Ke2fco,fu,”
g, = —Jomefmo (2.26)
e K3 fensonfiu,”

Where fi is the fugacity of the reacting species and Kf; is the equilibrium constants of the

reactions, K; is the adsorption constants of specie i.

The model parameters are depicted in Table 3 as per data presented by Nie et al. (2005).
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Table 3: DME kinetic model parameters.

Parameter Expressions Source

ky K, = 7380 x L03e(-2207) Nie et al. (2005)

k, k, = 5.059 x 1036 (-5515) Nie et al. (2005)

k4 ky = 1.062 x 1036(%) Nie et al. (2005)
Kco Koo = 3.934 % 10%8(%) Nie et al. (2005)
Kco, Keo, = 1858 X 10_68(%) Nie et al. (2005)
Ky, Ky, = 0.6716 X 10_68(_%) Nie et al. (2005)
Ken,on Ken,o = 3480 X 10‘6e(_¥) Nie et al. (2005)

Karagoz (2014) summarizes the typical operational conditions that DME direct synthesis is
employed at industrial scale. The said conditions are presented in Table 4.
Table 4: DME synthesis operational conditions.

Syngas to DME Conditions
Temperature (°C) 240 - 280

Pressure (bar) 30-70

H. / CO ratio 07-1

Catalysts Cu-ZnO-Al203/HZSM-5

Reactor types Fluidized-Bed, slurry phase, fixed bed
reactors

The methanol synthesis and water-gas shift reaction are catalyzed by Cu-ZnO- Al>O3. On the
other hand, the methanol dehydration reaction is catalyzed by an acidic catalyst: HZSM-5
(Karagoz, 2014). Aguayo et al. (2007), observed that the stoichiometry of reaction 2 (syngas)
corresponds to that of methane and heavier hydrocarbons formation. Thus, runs carried out by
feeding methanol show that the presence of hydrocarbons is insignificant in the whole range
of operating conditions. This result shows that, due to its weak acid sites, y-AlOz3 is a suitable
acid function for avoiding the transformation of methanol and DME (more reactive in these

processes) into C»-C4 olefins or into heavier hydrocarbons.
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Fluidized-bed, slurry phase, and fixed bed reactors are used in direct DME production. The
slurry phase reactor was initially suggested for this purpose by Air Products and Chemicals in
1991. Subsequently, both fixed-bed and fluidized-bed reactors were proposed as optimal
choices. Among these reactor types, the fluidized-bed reactor exhibits lower gas-solid mass
transfer resistance compared to slurry-phase and fixed-bed reactors. Given that the DME
reaction is highly exothermic, effective heat removal and temperature control are crucial in the
reactor operation. The fluidized-bed reactor stands out for its excellent temperature control,
facilitated by successful mixing of catalyst particles within the bed (Karagoz, 2014).

2.2.2.4 Separation and purification section

The core concept outlined in this section is to extract CO. from the reformer and its subsequent
recycling back into the process. Three distinct points within the system facilitate the recycling
of CO». The first source originates from the acid gas removal unit, the second is obtained post-
reforming, and the third arises from the DME reactor. These three CO; streams are merged
within the system and directed to the reformer, where they participate in the reaction with CH4

to generate syngas.

Absorption, adsorption, cryogenic, and membrane systems represent the typical technologies
utilized for CO2 separation. The choice of technology relies on various factors such as the CO>
concentration in the feed, feed conditions like pressure and temperature, desired product purity,
and the intended use of the product. Each technology has its own set of advantages and
disadvantages. Absorption offers benefits like sorbent recycling and independence from
constant operator intervention. However, it can be susceptible to issues such as carbon steel
corrosion caused by oxygen and solvent degradation due to NOx and SOx. Adsorption, on the
other hand, boasts advantages like sorbent recycling and operational flexibility. Nonetheless,
it may struggle with high CO- concentrations, and smaller gases can be inadvertently adsorbed.
Cryogenic technology, which operates at atmospheric pressure and doesn't require absorbents,
provides another option. Nevertheless, it necessitates multiple steps to eliminate water, thereby

escalating process costs (Brunetti et al., 2010).

Membrane systems emerge as a promising alternative to conventional separation methods,

particularly suited for streams with CO, concentrations exceeding 15%, typically found in steel
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production plants. These systems operate without moving components, emphasizing

modularity, and offer rapid responses to fluctuations in conditions (Brunetti et al., 2010).

Another concern involves separating unreacted syngas from the reactor output. The unreacted
syngas stream splits into two streams: one can be directed towards fuel production and the other
recycled back into the DME reactor. The mixture comprising DME, methanol, and water
undergoes distillation in the initial distillation column to isolate DME. In the second distillation
column, the distilled methanol is recycled back to the DME reactor for further reaction. Figure

10 illustrates the direct synthesis pathway.

co,
Purge gas DME
Recycle gas
H2/CO=1
— DME co,
Oxygen
Air —f ASU MeOH Water

Figure 10: DME synthesis and purification process scheme.

2.3 USES OF DIMETHYL ETHER

Dimethyl ether (DME), is an affordable and environmentally friendly alternative fuel. DME
shares many of the same characteristics as LPG. It is a clean, simple-to-handle fuel that may
be utilized in a variety of applications, including transportation, power generation, home
heating and cooking, and more (Ogawa et al., 2004). Figure 11 represents the common
feedstocks and uses of DME.
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Figure 11: DME feedstocks and common applications (Gogate, 2018)

Liquefied petroleum gas (LPG) mixture has been the most popular use in recent years. LPG
shortage is a threat, in fact. Moreover, DME is a viable LPG alternative due to its high cetane
number, low toxicity, and good flammability. Additionally, methanol, biomass, and syngas are
among the several raw materials that may be used to generate DME, supporting both market
expansion and increased output. LPG is combined with DME and utilized in China's homes
and industries for many purposes, including cooking. Dimethyl ether is an additional green
refrigerant option. Indeed, its global warming potential is substantially lower than that of
chlorofluorocarbons and it has minimal ozone depletion potential (Fortin et al., 2020).

Additionally, DME finds significant usage as a feedstock in the synthesis of other compounds,
such as light olefins, methyl acetate, and dimethyl sulphate. Because of the Monsanto method,
DME may also be carbonylated into acetic acid (Azizi et al., 2014).
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2.4 LIQUEFIED NATURAL GAS PRODUCTION PROCESS

There are primarily two ways to transport natural gas: gaseous or liquefied natural gas (LNG).
At the moment, pipelines are widely used to carry natural gas in gaseous form. For short- to
medium-length overland transit distances, pipelines are appropriate. Due to the lack of a
capital-intensive liquefaction facility and regasification terminal, pipelines are less expensive
at these distances than LNG chains. In contrast to LNG, which typically uses around 25% of
the energy provided, gas is typically delivered by pipeline at a cost of 10-15% of the energy
delivered. Pipeline transportation produces fewer greenhouse gas emissions (GHG) than LNG.
But as the distance of transportation increases, the pipeline's benefits diminish. Pipes that
exceed 4800 km in length on land and over 1600 km in length offshore. Energy consumed and
GHG emissions are equal for onshore pipelines and LNG with distances of 13,000 km and
7500 km, respectively (Mokhatab et al., 2015).

For alternative transport, natural gas is condensed by cooling it down to —162 °C at atmospheric
pressure, thereby reducing its volume by a factor of 600. Produced LNG is transported
cryogenically by truck, train or vessel. One advantage of LNG is that one liquefaction plant
can serve several regasification plants and vice-versa. Furthermore, LNG can easily adjust its
supply capacity and destination, making it more adaptable than pipeline gas (Mokhatab et al.,
2015). Another advantage of LNG is that small-scale LNG and offshore LNG allow the
exploitation of remote small gas resources and offshore gas reserves, for which it is not

economical to build a pipeline (Yuan et al., 2014).

The intricate supply chain of liquefied natural gas (LNG) facilitates the transportation of natural
gas to consumers worldwide. In summary, LNG value chain encompasses various stages from
production to consumer delivery, as depicted in Figure 12. Beginning with the exploration and
extraction of natural gas resources, often in remote locations both onshore and offshore, the
process involves drilling wells to bring the gas to the surface for treatment. The extracted gas
contains non-hydrocarbon elements such as hydrogen sulfide, nitrogen, carbon dioxide, and
water, which are removed during the treatment phase as depicted in Figure 12. Subsequently,
the purified natural gas undergoes liquefaction and refrigeration at specialized facilities. The
conversion of NG into LNG is, notably costly and energy-intensive process. Following

liquefaction, the LNG is stored in insulated tanks prior to shipment. Specially designed vessels
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transport the LNG at extremely low temperatures to receiving and regasification facilities,
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where it is converted back into natural gas before final delivery to consumers (Lee et al., 2018).
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Figure 12: LNG supply chain (Bassioni & Klein, 2023)

The liquefaction stage stands out as the most formidable aspect of the LNG supply chain,
consuming a substantial 28% of the total process cost. Before liquefaction can occur, the gas
must undergo through cleaning and drying. This involves the removal of non-hydrocarbon

residues like carbon dioxide (CO2) and hydrogen sulfide (H.S).

Additionally, the gas is cooled to facilitate water condensation, with a subsequent dehydration
procedure used to eliminate any remaining water vapor. Preceding the liquefaction step, a
purification procedure is necessary to ensure the absence of liquid hydrocarbons. The Natural
Gas Liquid (NGL) recovery unit then receives the treated gas, aiming to produce a lean gas
suitable for liquefaction by extracting C2+ and Cs+ hydrocarbons. This lean gas initiates the
liquefaction process, renowned for its high cost, energy demand, and complexity within LNG
production facilities. The process relies on refrigeration cycles, involving a sequence of
expansion and compression cycles to dissipate heat. Two main methods are employed: a
closed-cycle process utilizing a heat exchanger with a separate fluid circulation, or an open-
cycle process where the refrigerant is part of the natural gas supply. Achieving the ultra-low
temperature required for liquefaction (-162°C) necessitates the use of refrigerant compressors,
possibly multiple units. This temperature is attained through three distinct zones: precooling,
liquefaction, and sub cooling (Bassioni & Klein, 2023).
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241 LIQUEFACTION PRINCIPLES

LNG technologies are based on refrigeration cycles. The refrigeration process consists of four
primary stages: first, the refrigerant is compressed to generate a high-pressure, hot stream
(compression by a compressor); second, heat is released from the compressed refrigerant
(occurring in the condenser or cooler and heat exchanger); third, the compressed refrigerant
expands to form a low-pressure, cold stream (via a valve or expander); and finally, heat is
absorbed by the cold refrigerant (in a heat exchanger). It's in this final stage that the cooling
required for the natural gas occurs. By cyclically repeating these four steps, continuous cooling

of the natural gas can be achieved (Zhang et al., 2020).

LNG technologies can be categorized into three main types: cascade technology (Cascade),
mixed refrigerant technology (MR), and expander-based technology. The next sections will

focus on giving a brief description of the liquefaction technologies.

24.2 CASCADE LIQUEFACTION PROCESS

Every refrigeration cycle in the cascade liquefaction process may be independently regulated,
making it a versatile process. Cascade processes come in two varieties: pure refrigerant cascade

process and a cascade process using mixed refrigerant (MR).

In the pure refrigerant cascade process: propane, ethylene, and methane are used as heat
exchange fluids in the pure refrigerant process. The propane cycle is contributing as precooling
of NG feed for ethylene condensation. The ethylene condenses the NG feed in addition to
methane in the final cycle. The methane cycle then sub cools the LNG. The overall schematic
diagram is shown in Figure 13. The design of an LNG carrier assures coolness, nevertheless it
is not perfectly isolated against warming. Heat may slowly affect the tanks resulting LNG to
evaporate to produce boil-off gas (BOG). BOG increases the tank pressure due to larger gas
volume. The advantage of this process is the low surface area required for the heat exchanger,
with low technical risk. However, the disadvantages are the need for high capital investment
and insufficient adaptation to the variation in the NG composition (Bassioni & Klein, 2023).
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In the Mixed refrigerant (MR) cascade process, the process utilizes mixed refrigerants all
together in the three cooling zones. The process closely matches the cooling curve in the heat
exchanger, as compared to the pure refrigerant cascade process, which provides higher
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efficiency of the used energy. The overall MR cascade process schematic diagram is shown in
above Figure 14. The advantages of the MR cascade refrigerant process are having close
operation temperature to the NG cooling curve, and the ability to adjust the refrigerant
composition according to the NG composition. The disadvantage is that the process shows a
slower dynamic behavior than the mixture of refrigerant needs to be adjusted depending on the
NG feed composition (Bassioni & Klein, 2023).

243 MIXED REFRIGERANT LIQUEFACTION PROCESSES

Mixed refrigerant systems employ a combination of refrigerants in one or multiple cycles to
convert natural gas (NG) into liquefied natural gas (LNG). These systems typically use
refrigerant fluids found in cascade processes (like propane, ethylene, and methane). However,
some methods add nitrogen to the mix, creating a binary mixture. This addition raises the
refrigerant's bubble-point near the sub-cooling point, enhancing efficiency and reducing
operational pressure. Various types of mixed refrigerant processes exist, including the mixed
refrigerant cascade process, single mixed refrigerant (SMR) process, and dual mixed
refrigerant (DMR) process (Jensen & Skogestad, 2006).

2.4.3.1 Single Mixed Refrigerant (SMR)

The SMR process comprises several stages: compression, cooling (using either air or water),
expansion via a valve, and a cryogenic multisystem exchanger for both cooling and
evaporation. Initially, the natural gas (NG) feed enters the heat exchanger at high pressure and
ambient temperature, where it exchanges heat with a mixed refrigerant (MR) whose
composition depends on various factors including the NG feed's composition, pressure,
ambient temperature, and liquefaction plant pressure. Subsequently, the NG is transformed into
subcooled LNG and immediately subjected to slightly higher than atmospheric pressure by the
expansion valve. Conversely, the MR stream undergoes compression via multiple compressors
and is then evaporated within the heat exchanger, where pressure is reduced by the expansion
valve (Bassioni & Klein, 2023).

Notably, the SMR process is suitable primarily for small to medium-sized liquefaction plants
due to its comparatively lower energy efficiency than alternative processes. The schematic

diagram of the SMR process is depicted in Figure 15.
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2.4.3.2 Dual Mixed Refrigerant (DMR)

This method involves liquefying the natural gas (NG) feed through two distinct refrigerant
stages. Initially, a heavier mixed refrigerant (MR) is employed to precool the NG feed,
followed by a second step utilizing a lighter MR where the cooled NG is condensed within the
heat exchanger. The heat exchanger's size is halved compared to the SMR process since the
cooling cycle is divided into two stages. The schematic diagram of the DMR process is
illustrated in Figure 16. The most commonly utilized form of DMR is the propane-precooled
mixed refrigerant process, known as C3-MR (Zhang et al., 2020; Bassioni & Klein, 2023).

In this process, pure propane (C3) is used for precooling, while the liquefaction and sub cooling
stages utilize the MR stream. This method is predominant due to its high energy efficiency,
resulting from close alignment between the NG cooling curve and the boiling curve of the
refrigerant. However, certain challenges are associated with this process, including a
significant requirement for propane inventory and a higher level of design complexity (Zhang
et al., 2020; Bassioni & Klein, 2023). The C3-MR process is licensed by Air Products and
Chemicals, Inc. (APCI), with its schematic diagram depicted in Figure 17.
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244 EXPANSION-BASED PROCESSES

This method functions by employing a turbo-expander to produce the refrigeration necessary
for the liquefaction process. Utilizing compression and expansion cycles facilitated by the
turbo-expander, refrigeration is generated from a fluid. Various configurations exist, including
single, dual, or multiple turbo-expanders. In the case of larger expanders, the mechanical power
produced can be utilized to operate either an electric generator or a compressor. Methane or
nitrogen serve as the refrigerants, maintaining their gaseous state throughout the refrigeration
cycle. As the refrigerant consists of a single component, there is no need for composition
adjustments, thereby simplifying operational requirements. Furthermore, the process displays
reduced sensitivity to changes in the composition of the natural gas feed, as the heat exchanger
can function effectively across a broad temperature range. Consequently, the primary
advantage of this method lies in its operational stability. However, its efficiency is lower when
compared to cascade or mixed refrigerant processes (Bassioni & Klein, 2023). The nitrogen (N2)
expander-based approach (Figure 18) is regarded as a promising solution for offshore
applications.
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Figure 18: Typical N2 expansion process diagram (Bassioni & Klein, 2023)
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245 COMPARISON OF THE LIQUEFACTION TECHNOLOGIES

The variances among the technologies primarily stem from their inherent complexities:
Cascade employs three separate cycles, MR utilizes a single cycle with a mixed refrigerant,
and expander operates with a single cycle using pure refrigerant. The assessment of the criteria
for the three LNG technologies relies on a comparative analysis. The energy consumption
during liquefaction is closely tied to the cooling curve of the process (Zhang et al., 2020). As
depicted in Fig. 19.

Natural gas
cooling curve

Temperature

Mixed refrigerant

Heat

Figure 19: LNG cooling curve of Cascade, MR and EXP (Zhang et al., 2020)

Cascade exhibits multiple cooling temperature levels due to its utilization of multiple
refrigerants, enabling minimal temperature differentials between the hot and cold sides in the
heat exchangers. MR, by employing a refrigerant composed of a carefully selected mixture of
hydrocarbons, can replicate the natural gas cooling curve with even smaller temperature
differentials compared to Cascade, albeit at the expense of requiring a larger heat exchange

surface area.
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In contrast, the pure refrigerant used in the expander technology maintains a gaseous state
throughout the process, resulting in a consistent specific-heat value for the cooling curve.
However, the expander technology experiences a relatively large temperature differential
between the refrigerant and natural gas, particularly at the high-temperature end, leading to

higher energy consumption.

The pros and cons of the three LNG technologies are outlined in Table 5, adapted from Lim et
al. (2012) and Zhang et al. (2020).

Table 5: LNG technologies comparison.

Criteria Cascade MR EXP
Application Onshore Onshore large-scale, small- ~ Onshore small-scale
PP large-scale scale and offshore and offshore
Energy efficiency High Medium to high Low
Equipment count High Low to medium Low
Heat-transfer surface Medium High Low
area
Simplicity of operation Low Low to medium High
Ease olf_ start-up and Medium Low High
ine-up
Adaptability qf_feed- High Medium High
gas compositions
Sen3|t|V|ty to ship High Medium to high Low
motion
‘Space requirement High Medium Low
Hydrocarbon- High Medium to high ‘None
refrigerant storage
Capital costs High Low to medium Low

2.5 LIQUEFIED NATURAL GAS STORAGE, TRANSPORTATION AND BOIL-OFF
GAS

The optimal method for transporting natural gas is via pipelines; however, the most cost-
effective and efficient mean for long-distance transportation of natural gas resources across
regions within the framework of globalization has evolved to be the transportation of liquefied
natural gas (LNG) via ships. An LNG receiving terminal serves the purpose of storing LNG

and subsequently vaporizing and transferring it to the downstream gas terminal through an
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evaporation facility, which has significance in the overall LNG industry process chain. Figure
20 illustrates the operation process in the LNG receiving terminal, which consists of pumps,

compressors, tank, recondenser and vaporizer (Wu et al., 2019).
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Figure 20: LNG receiving terminal (Wu et al., 2019)

One of the primary challenges encountered in the LNG sector involves the emergence of Boil-
off Gas (BOG) during both storage and loading processes, namely Tankage Boil-off Gas
(TBOG) and Jetty Boil-off Gas (JBOG). BOG, originating from LNG, is produced as a result
of LNG depressurization, heat infiltration through tanks and pipes, and additional heat
introduced to LNG from various operational procedures like LNG pumping (Bouabidi et al.,
2021). The volume of BOG experiences rapid increment and significant fluctuations,
particularly during the unloading phase, leading to potential physical harm to equipment and
heightened power consumption of compressors (Park et al., 2010). Hence, it holds practical
importance for the daily operation of the LNG receiving terminal to precisely optimize the
unloading procedure in order to minimize power consumption (Bouabidi et al., 2021, (Park et
al., 2010).

During routine operations at the LNG receiving terminal, the generation of BOG due to
temperature discrepancies along the pipe can result in deformations caused by thermal
expansion or contraction, potentially leading to stress on the pipeline and equipment, which
may affect the integrity and safety of the system. The temperature variations occur due to the
formation of a vapor space atop the pipe. This phenomenon, known as geysering, propels the

two-phase flow into the inlet nozzle of the storage tank, subjecting the tank to shock and
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vibration, potentially causing significant equipment damage depending on the severity.
Therefore, in LNG receiving terminals, a recirculation operation is done to reduce the inflow
of BOG into the storage tank by keeping the unloading pipes in a cryogenic condition (Jung &
Corporation, 2000).

Therefore, it makes it clear that knowledge of the amount of BOG created during LNG shipping
and piping is of importance evaluation. Since this project, looks at both LNG and DME as
potential energy carriers, the BOG analysis conducted at same conditions for both
commaodities. Here, the author considers that the same infrastructure used to store, convey, and

transport LNG can be used to convey, transport and store DME.

2.5.1 BOIL-OFF RATE

This represents the speed at which LNG boils off into vapor when subjected to changes in
temperature. It denotes the proportion of liquid evaporating from a cargo, storage tank, or
process line due to heat leakage. Usually, the boil-off rate is expressed as a percentage of the
total liquid volume per unit time (Ezeh et al., 2019). This rate can be determined using the

following formula:

24 (2.27)
BOR = Vg X
poG Ving " P
3600 - 24 (2.28)
BOR = Q X —— % 100
AH - Ving - p

Where:

BOR= boil of rate in % /day; Vsog is volume of BOG in m®/s; Ving is volume of LNG in cargo
tanks in m?; p density of LNG in kg/m® Q heat exchange in W, (KJ/s); AH latent heat of
vaporization in J/kg.

Typical BOR caused by heat ingress for newer LNG tankers ranges from 0.10% to 0.15% for
laden (loaded) voyage and from 0.06% to 0.10% for ballast voyage (Hasan et al., 2009).

The quantity of BOG depends on the design and operating conditions of storage tanks and a
ship’s cargo tanks. The holding phase, as described by Sedlaczek (2008) denotes the duration

between the loading and unloading of LNG tankers. At loading and receiving terminals, LNG
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is held within cryogenic storage tanks under standard operating pressure, typically ranging
from 0 to 0.15 bar below atmospheric pressure. During this holding phase, two primary sources
contribute to the generation of boil-off gas: heat infiltration into the storage and pipes from the
surroundings, and variations in ambient (barometric) pressure. Most of BOG is generated
during transportation of LNG by ships (Dobrota et al., 2013).

Heat ingress from the surroundings means that BOG is generated continuously in the tanks. In
order to reduce boil-off, storage tanks have multi-layered insulation that minimizes heat
leakage. The driving factor behind heat infiltration into an LNG tank is the contrast between
the external temperature and the temperature within the tank. Owing to substantial temperature
differentials between the contents and the surroundings, heat can permeate into the LNG
through the floor, walls, and roof of storage tanks (Figure 21) via three mechanisms:

conduction, convection, and radiation (Dobrota et al., 2013).

of

Figure 21: Heat ingress in LNG tank (Dobrota et al., 2013)

The loading/unloading mode is the period when an LNG tanker is moored to the jetty at loading
and receiving terminals and connected to onshore storage tanks with loading/unloading arms
and insulated pipelines. During the unloading of an LNG tanker, differences in operating
pressures between the ships and the terminal’s storage tanks can also influence the quantity of
BOG. The LNG cargo attains an equilibrium temperature dependent on the cargo tank pressure
(Dobrota et al., 2013).

38



2.5.2 RECOVERY OF BOIL-OFF GAS

BOG produced during holding mode in storage tanks is usually called tankage BOG (Hasan et
al., 2009). When heat is introduced to LNG, the vapor pressure within the tank rises. To ensure
that the tank pressure remains within a safe range, tankage BOG needs to be extracted using

compressors.

Typically, at loading terminals, BOG serves as fuel in the production process of the liquefaction
plant. Conversely, at receiving terminals, it is either combusted or directed to the re-gasification

plant through BOG compressors (Dobrota et al., 2013). Figure 22 serve as an example.
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Figure 22: BOG Recovery system (Kim et al., 2019)

In their study, Kurle et al. (2015) examined the C3-MR liquefaction process and suggested
various approaches for reusing BOG, including utilizing it as a fuel gas, recycling it as a feed
gas, liquefying it onshore, and liquefying it at the berth. They determined that a temperature of
approximately 166°C represents the optimal point where total costs are minimized. This
temperature minimizes the amount of BOG while maximizing recovery. Additionally, Kurle et
al. (2015) concluded that using BOG as fuel gas was the most energy-efficient strategy among
those considered. However, while these approaches offer cost-effective solutions, they neglect
environmental considerations. Recycling strategies like these lead to nitrogen accumulation in
the system, which in turn increases NOx and CO: emissions, gradually raising operational

Ccosts.
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For further reading regarding BOG recovery, the author recommends the reader to look at the
paper from Bouabidi et al. (2021), which provides a broader overview of the state-of-the-art of

the recovery technologies of the BOG.
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CHAPTER 11

3 RESEARCH METHODS

This study employs a simulation-based approach utilizing Aspen HYSYS. Aspen HYSYS s,
a comprehensive process simulation tool widely recognized for its capabilities in modeling
complex chemical processes. The present research involves design and analyzing simulation
models to represent the production pathways of Dimethyl Ether (DME) and Liquefied Natural
Gas (LNG) derived from natural gas feedstock.

The simulation model for the standard DME and LNG production processes will be built
entirely with Aspen HYSYS, where the mass, energy and momentum balance will be done
according to the embedded equations. The thermodynamic package chosen to predict the fluids
properties is Peng-Robinson Equation of State (PR-EOS) for the LNG production. A modified
Redlich-Kwong-Soave EOS is used to predict DME properties (solubility and binary

interactions) in the synthesis reactor.

The steady state simulation results will be used to compute, analyze and compare the energy
intensities of the production processes of the two commodities, DME and LNG. For this

purpose, Aspen Energy Analyser will be used to determine the energy intensities.
The data needed to conduct this study within the scope defined in research are:

1. Kinetics data for DME synthesis;
2. Composition of natural gas feedstock;

3. Typical operational conditions for both processes.

All the aforementioned data will all be obtained by reviewing the literature in articles and
manuals that discuss issues related to the topic under the study. .

For the BOG calculation, each steady state flowsheet will be converted to dynamic simulation
in order to calculate the increment of pressure with the storage vessels as over time and the
energy carriers (LNG and DME) exchange heat with the environment. This pressure increase
will be computed, analysed, and compared for the two commodities.
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A sensitivity analysis will also be done by systematically varying input parameters within
acceptable ranges to assess their impact on the overall process, including boil-off gas

generation and energy intensity.
3.1 SIMULATION MODEL DEVELOPMENT

The following sections; aim at describing the methodology and parameters used to simulate
the two production process (DME and LNG). The storage tanks of both processes that are
simulated to estimate the BOG generation are described in the same sections, since both

processes were simulated under similar conditions.
3.1.1 DIMETHYL ETHER PRODUCTION PROCESS

The DME production process can be divided into two subsections, where the first one is the
syngas generation and the second one is the DME synthesis. In this research, the syngas
production is carried out by combining a stream of natural gas at 8 bar and ambient temperature
(25 °C), and saturated steam stream at 30 bar and 405 °C. Before starting the process, natural
gas is first compressed to 30 bars; to meet the operating pressure of a typical steam methane
reforming process, for the steady state simulation as depicted in Figure 23.

This mixture of hydrocarbons and steam (HC/S) is heated up to 500 °C and sent to a pre-
reformer, where the heavy hydrocarbons molecules present in natural gas are converted into
methane, to avoid carbon deposition on the reformer tubes (coking). The reaction in the pre-
reformer is endothermic, thus the HC/S is again heated to 620 °C to enter the reforming reactor.
Due to limitations of the simulator used, the autothermal reforming is simulated using two
units: a fired heater to supply the heat need for reforming reaction followed by a multi-tubular
plug flow reactor, representing the tubes of the reformer. The reforming reaction are simulated

using the Xu and Froment (1989) kinetics as described in section 2.2.2.

Steam is generated by recovering heat from the reformer flue gas and pre-heated with the
reformate leaving the reformer. After being cooled, the reformate passes through a flash tank
to separate the condensate water. In sequence COz (in Carbon Capture and Storage (CCS) unit
simulated as component splitter) and non-converted methane (in Pressure Swing Adsorption
(PSA) unit simulated as component splitter) are separated. This; yields a stream of syngas ready

to undergo DME synthesis.
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Syngas is heated up to 180 °C and in sequence fed to a Gibbs reactor for the formation of DME.
The reactions products are sent to a distillation column to produce a DME rich stream in the
top side of the column and a methanol rich stream on the bottom side of the column. The DME
reach stream is then fed to a flash tank to strip out all the vapors from the liquid before it is sent

to the storage tank.

For this flowsheet, the thermodynamics properties were estimated by the Soave-Redlich-
Kwong Fluid Package, since there is a presence of polar compounds in the process. Operating
conditions of each one of the streams depicted on Figure 23 is shown on Appendix A. Natural

gas composition used in the simulation is depicted in Table 6.

Table 6: Natural gas composition

Component Fraction

Methane 95.38%
Ethane 2.06%
Propane 0.87%
i-Butane 0.22%
n-Butane 0.25%
i-Pentane 0.82%
n-Pentane 0.04%
n-Hexane 0.02%
n-Heptane 0.02%
n-Octane 0.07%
n-Nonane 0.00%
n-Decane 0.02%
Oxygen 0.00%
Nitrogen 0.21%
H20 0.00%
cO 0.00%
co2 0.01%
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Figure 23: Dimethyl ether production and storage process flow diagram.
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3.1.2 LIQUEFIED NATURAL GAS PRODUCTION PROCESS

The steady state flowsheet depicting the process can be seen in Figure 24. For this process the
fluid package selected to predict the thermodynamic properties is Peng-Robinson, since the
compounds are mainly nonpolar hydrocarbons (alkanes). The depicted circuit as well as the
composition of the mixed refrigerant are based on the extensive work done by Helgestad
(2009).

The initial phase involves cooling with propane. Natural gas is first pre-cooled to around -36°C
using the propane cycle. It then passes through the main cryogenic heat exchanger (MCHE),
where it is liquefied and further cooled to approximately -155 °C by the mixed refrigerant cycle
in the C3MR cycle. Typically, the natural gas entering the process is at a pressure of about 40
bar. To achieve the LNG product specification of around -160 °C, the gas is expanded

isenthalpically through a valve (Joule-Thompson effect).

The propane cycle also pre-cools the mixed refrigerant. Propane is compressed to 6 bar,
allowing it to condense using cooling water. This means the pressure must be sufficient for
propane to remain in the liquid phase at the cooling temperature. The liquid propane is then
depressurized and vaporized through heat exchange with natural gas and mixed refrigerant.
This process occurs in three stages, with the propane vapor returning to compression after each
stage. The final heat exchangers in the propane cycle must superheat the propane to prevent
liquid from entering the first compressor. After pre-cooling, the mixed refrigerant is partially
condensed and sent to a high-pressure separator before entering the main cryogenic heat
exchanger (MCHE’s). The vapor and liquid mixed refrigerant streams travel through separate
circuits in the MCHE-1, where they are cooled, liquefied, and sub-cooled through internal heat
exchange with the natural gas. These sub-cooled refrigerant streams are then depressurized,
lowering their temperature to cool specific areas of the MCHE-2. As the low-pressure
refrigerant streams descend through the MCHE-2, they vaporize and superheat by cooling the
natural gas and the mixed refrigerant streams. The superheated low-pressure mixed refrigerant
is then recompressed and water-cooled to complete the cycle. This process produces high-
pressure natural gas at approximately -155 °C, which is then expanded to atmospheric pressure,
resulting in LNG at 1 atm and -160 °C.
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Figure 24: Liquefied Natural Gas Production (C3MR) and Storage Train.
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The heat exchangers used in the pre-cooling cycle are designed as shell-and-tube heat

exchangers, a pressure drop of 0.5 bar was defined for each heat exchanger.

Produced LNG is then sent to a storage tank where boil-of gas production will be estimated
using the Dynamics feature of Aspen HYSYS as described in the next section. Properties of

independent stream of the LNG flowsheet will be given in Appendix B.

The composition of the natural gas is the same used for DME production; presented on section
6. The composition of mixed refrigerant is shown in Table 7 based on the work done by
Helgestad (2009).

Table 7: Mixed Refrigerant composition (Helgestad, 2009)

Component Composition
Methane 45 %

Ethane 45%

Propane 2%

Nitrogen 8%
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3.1.3 BOIL OFF GAS ESTIMATION

For the estimation of BOG, Dynamics feature of Aspen HYSYS was used. A steady state

simulation doesn’t account for a variation of a property along time, unlike Dynamic simulation.

To perform the simulation, both liquids (DME and LNG) were sent to a storage tank, simulated
as a separation vessel. To better mimic the conditions of a storage vessel, which are zero flow
inlet and zero flow out, three (3) Proportional Integral Derivative (PID) controllers are
considered. For the inlet, a flow control valve (FCV) coupled with a PID controller (Flow
Indicator Controller - FIC) were set having the inlet flow as the process variable (PV). For the
liquid outlet flow, a level control valve (LCV) coupled with PID controller (Level Indicator
Controller — LIC) were set defining the tank liquid level as the process variable. Finally, a
pressure control valve (PCV) coupled with a PID controller, using the vessel pressure as PV is
installed in the vapor outlet to count the pressure increase that will be understood as a result of
BOG production. Figure 25 depicts this arrangement that was used for LNG and dimethyl ether
BOG estimation.

At first stage a steady simulation is run and in sequence a dynamic simulation comes into play.
For the dynamic simulation, FCV and LCV were simulated in the closed position, meaning
zero flow of liquids in and out the storage tank. The BOG production is mainly due to heat
transfer from the ambient to the tank surface, thus, to mimic real situation the storage tank
dimensions and characteristics: thickness of insulation, conductivity of insulation and
conductivity of tank surface were defined based on the work of Widodo & Muharam (2023)

for better estimation of the heat transfer process as well as the BOG production.

Widodo & Muharam (2023) performed a simulation of boil-off gas recovery and fuel gas
optimization with data from a real plant. The same data, regarding storage tanks geometry and

heat transfer were used in this research in order to bring the estimation to a more realistic level.

The pressure increase in the vessel is an indication of the buildup of vapors boiling of the liquid.
The pressure profile produced in the dynamic simulation during, 30 days at different ambient

temperature were to identify the BOG production rate for both fuels.

The scheme used in the dynamic simulation is shown in Figure 25 and the heat transfer data in

Table 8.
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Figure 25: Boil-of gas train (dynamic simulation). The same scheme is valid for DME boil-of
gas estimation.

Table 8: Storage tank properties and geometry (Helgestad, 2009)

Material k (W/ mK) t (cm)
Wall Ni Steel 18.3 4
Isolation Perlite 0.029 80
Tank Geometry
Height (m) 42
Internal diameter 72.37
(m)
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CHAPTER IV

4. RESULTS AND DISCUSSION

In this chapter, simulation results regarding the process considered in this research are
presented. For the simulation itself, the results and operating conditions for each individual
streams are presented in the Appendices. The following subchapters discuss the performance
of each process, the comparison of both process regarding boil of gas production, energy

intensity and greenhouse gas emission.
4.1 DIMETHYL ETHER PRODUCTION PROCESS

A determinant step in DME production is the distillation column. In this unit, the DME must
be separated from the liquid mixture apart from the by-products methanol and water. Figure 26

depicts how DME concentration changes along the trays of the distillation column.
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Figure 26: DME vapor stream concentration profile.

The vapor composition profiles observed across the distillation column (Figure 26) clearly
illustrate the separation efficiency of the three components: DME, Methanol, and Water, based

on their relative volatilities. DME, is the most volatile and thus; has a high concentration in the
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top trays; its concentration declines sharply as the vapor moves through the column, indicating
effective removal in the top stages. Methanol, with its intermediate volatility, is the dominant
component in the middle trays, reflecting its balanced tendency to remain in the vapor phase
while being separated from the DME. Water, the least volatile of the three, shows minimal

presence in the top section but progressively increases in concentration as it moves downward.

This distinct separation pattern aligns with theoretical expectations for multicomponent
distillation, demonstrating that the column effectively concentrates DME at the top, enriches
methanol in the middle sections, and accumulates water at the bottom, thus validating both the

design and operational efficiency of the distillation process.

For the liquid stream, Figure 27 depicts the composition profiles. The liquid composition
profiles across the distillation column provide a complementary view to the vapor phase,
highlighting the distribution of Water, Methanol, and DME in the liquid phase as they move

through the column.
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Figure 27: DME liquid composition profile.

Initially, DME is the most volatile and is therefore, highly concentrated in the liquid phase near
the top trays, but it rapidly declines as it is stripped out and passes to the vapor phase. Methanol
exhibits a strong presence throughout the column, especially in the middle trays, where its
concentration peaks, indicating that it remains significant in the liquid phase due to its

intermediate volatility. Water, with the lowest volatility, gradually increases in concentration
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as it moves toward the bottom of the column, becoming the dominant component near the
reboiler. This profile indicates effective separation, with DME being largely removed from the
liquid phase early in the column, methanol achieving a balanced distribution, and water
accumulating towards the bottom, consistent with its expected behavior in distillation. These
results reinforce the operational efficiency of the column, ensuring that the least volatile
component, water, is concentrated in the reboiler, while the more volatile DME is effectively

separated and removed at the top.
4.2 LIQUEFIED NATURAL GAS PRODUCTION PROCESS

The hot and cold composite curves for the first Main Cryogenic Heat Exchanger (MCHE) in
the LNG production process provide a detailed view of the heat exchange. It is essential for

optimizing energy efficiency in this process. Figure 28 shows the composite curves for the
MCHE - 1.
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Figure 28: MCHE - 1 composite curves.

The cold composite curve (mixed refrigerants), starting at an extremely low temperature of
approximately -140°C, depicts the intensive cooling required to liquefy natural gas (hot
composite). As the heat is absorbed by the mixed refrigerant (MR), its temperature increases

gradually, a crucial step in achieving the deep cryogenic conditions for the Liquefaction of
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natural gas. As the heat is transferred to the MR, the temperature of the natural gas decreases

progressively, aligning with the requirements of the LNG process.

The proximity of the two curves over a substantial range of heat flow indicates a high degree
of heat integration within the MCHE. The pinch point, where the temperature difference
between the hot and cold streams is at its minimum, is particularly important. This critical point
dictates the overall energy efficiency of the exchanger; managing it carefully can significantly
reduce energy consumption and operational costs. In the MCHE — 1 the natural is cooled to -
135 °C.

Figure 29 shows the composite curves of the MCHE — 2. Here, the natural gas is cooled from
- 135 °C to -155 °C, as it is depicted by the hot composite curve. Once more, the closeness of

the two curves indicates how efficient is the heat exchanging process in the MCHE — 2.
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Figure 29: MCHE - 2 composite curves.

The effective design of these MCHE, as demonstrated by the composite curves, ensures that
the heat exchange process is optimized to absorb as much energy as possible, which is crucial
in lowering the operational costs associated with LNG production. The well-defined overlap
between the hot and cold composites indicates that the exchanger is operating close to its

thermodynamic limits, maximizing energy recovery and minimizing waste. These findings, the
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composites curves profile and their effects are also backed up by the study done by (Helgestad,
2009). This efficient heat integration is essential not only for reducing the environmental
impact of the LNG production process but also for maintaining competitiveness in an industry

where energy costs are a major factor, since closer curves means less heat transfer area.

4.3 ENERGY INTENSITIES AND GREENHOUSE GAS EMISSION
COMPARISON
43.1 ENERGY ANALYSIS OF DIMETHYL ETHER PRODUCTION

The production of DME presents itself as a process with very high energy intensity as well as
CO:zemissions. The selected technology for this research encompasses DME production from
natural gas including syngas production. Figure 30 shows that the total energy usage for DME

production is in the order of 100 GJ/tonne of DME, which is a huge amount of energy.

The energy intensity value mostly comes from the syngas production process, in the pre-
reforming and reforming section. The reactions that convert natural gas to CO and H; are
endothermic in nature and occur at high temperatures (650 — 850 °C), meaning that a substantial
amount of thermal energy must be supplied to break the methane molecule and reform it to
syngas. To achieve the ideal CO/H: ratio an autothermal reformer was used. Besides this unit,
the DME distillation column also has a reboiler that requires heating. To minimize this energy
demand, heat integration approaches should have been done, however, it was out the scope of
the research, since it would make the simulation flowsheet more complex, taking more

simulation time for the results.

According to the results in Figure 30, the total energy intensity is 100 GJ/tonne of DME,
however, if one decides to apply energy integration approaches to the same flowsheet, by using
heat exchangers to recovery residual energy from the process streams, this value could be
reduced to 37.90 GJ/tonne of DME. This simply means, that in an optimized and heat integrated
flowsheet, the energy intensity of DME production could be 37.90 GJ/tonne.
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Total Utilities [GJ/tonne] Carbon Emissions [kg CO2/kg
DME]
100.49 >.62
37.90 2.12
Actual Target Actual Target

Figure 30: DME production process energy and GHG analysis.

The same analysis can be done looking at the Green House Gas emissions (represented by CO>
equivalent emissions). For this part, the simulator assumes that all heating used in the
simulation is produced from fossil fuels (when running heaters as unit operation), and then it

sums all the CO, emissions, from process emissions to emission in electricity production.

The actual intensity of the process is 5.62 kgCO./kg of DME, counting process emissions
(mainly from reforming reaction, combustion gases from fuel gas combustion in the reformer
and CO> from electricity generation used in heaters). Similarly, if heat integration was used,
some heaters would have been avoided and reduced the emissions to 2.12 kgCO2/kg of DME,
which is close to 1,8 kgCO2/kg of DME reported by Poto et al. (2023).

Thus, for any optimized process of DME production, one can expect 37.90 GJ/tonne for energy
intensity and 2.12 kgCO./kg of DME for CO- intensity, which are reasonable values. This also
shows how important is the heat recovery in the overall energy efficiency framework for a

production process, and how it can impact on the environmental scenario.
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4.3.2. ENERGY ANALYSIS FOR THE LIQUEFIED NATURAL GAS PRODUCTION

Differently from the DME production flowsheet, the LNG flowsheet was carried out using a
heat integration approach, due to the intrinsic nature of cryogenic plants. Typically, LNG
production plants are characterized by a high degree of energy reuse to reduce as much as

possible the energy demand, and this can be seen in the flowsheet depicted on Figure 24.

In figure 31 one can see that the LNG train has a GHG emissions of 1.22 kgCO2/kg of LNG.
This emission comes from the heaters used to remove liquids droplets of the MR before
entering the compressors, since the vaporization in the precooling heat exchangers were not
100 % complete. Aspen HYSY'S assumes that heat used in the heaters and compressors comes
from a fossil fuel source and calculates the associated CO, emissions. One can also see that the
actual and target values for the CO> emission are almost equal, meaning that the process is

highly optimized.

Howarth (2024), states that a total carbon footprint of a liquefaction plant can be estimated by
adding the following specifics emissions: 612 gCO./kg of LNG to drive the compressors that
transport natural gas from; 270 to 410 gCO2/kg of LNG during liquefaction process (MR
compressors) and a maximum of 50 gCOz/kg of LNG for flaring. Thus, according to Howarth
(2024) the CO2 emissions in LNG production ranges from 0.932 to 1.1 kgCO2/kg of LNG,
excluding CO- that comes with natural gas itself. Hence, the results obtained are in agreement

with previous estimations.
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Total Utilities [GJ/tonne] Carbon Emissions [kg CO2 / kg
LNG]
2.18
2.07 1.22
1.16
Actual Target Actual Target

Figure 31: LNG production process energy and GHG analysis.

For the reason stated above, one can also see that the actual energy intensity and target energy
intensity are values almost equal. This happens, because an intensive heat integration approach
was taken to recover almost of the heat, by crossing the heat and cold utilities through heat
exchangers and economizers. These results show how efficient is the LNG production
technology chosen for this research. According to the study done by Zonfrilli et al. (2023); the
energy intensity of a liquefaction plants ranges from 1.1 GJ/tonne to 3 GJ/tonne of LNG
depending on the technology selected. In this research, the target energy intensity is 2.07
GJ/tonne of LNG, which shows agreement range in values provided by Zonfrilli et al. (2023).

4.4 BOIL OFF GAS PRODUCTION COMPARISON

In order to compare the boil off gas rate of production, the LNG and DME were stored under
the same conditions, i.e storage size, tank material, type of isolation and external ambient
temperature. The following results (Figure 32 and Figure 33) depicts the BOG production for
both LNG and DME, considering an ambient temperatute outside the storage tanks of 30 °C.
The BOG production is depicted in terms of pressure build up for 15 days of storage.
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Figure 32 shows that in the LNG storage tank, the pressure increases from 0.5 atm to 4.1 atm,
which a substantial increase in pressure that might compromise the physical integrity of the
storage vessel. This sustains the importance of having pressure relief valves in LNG storage

tanks, since the pressure can increase by a factor of 9, for this case. Similarly, Kalikatzarakis

Figure 33: DME boil off gas production.

et al. (2022) reported similar results for pressure build-up inside a tank.
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Figure 33 shows that DME produces as much as almost nothing in terms of BOG. The pressure
keeps almost the same during the 15 days, moving from 23.4 atm to 23.7 atm, a marginal
growth. Similarly, Al-Breiki & Bicer (2020); observed that DME had a BOG. These results
can be attributed to several thermophysical properties and storage conditions of both liquids.
One of the primary reasons for DME lower BOG rate is its relatively higher boiling point of
approximately -25°C at atmospheric pressure, which reduces the thermal gradient between the
storage environment and the liquid. The small temperature differential minimizes the rate of
heat ingress into the storage tank, thus reducing the rate of vaporization of DME compared to

LNG, the latter having a boiling point of around -162°C.

In addition, DME exhibits a higher latent heat of vaporization (19.6 kJ/mol) relative to LNG
(14.7 kJ/mol), meaning that a greater amount of energy is required to convert a unit mass of
DME from liquid to vapor. This property contributes to the lower BOG rate, as the same
amount of heat ingress causes lesser evaporation in DME than in LNG. The uniformity in the
composition of DME, being a single-component fluid, also plays a role in maintaining a

consistent boil-off rate.

The findings from this research underscore that the lower BOG rate of DME is inherently tied
to its higher boiling point and higher latent heat of vaporization, all of which collectively lead

to more efficient and stable storage conditions with reduced evaporative losses.

The results shown in Figure 34 and Figure 35 highlight the different simulation results from

LNG production and the experimental results.
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Figure 34: Simulation and experiments result in MCHE -1
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Figure 35: Simulation and experiment results in MCHE -2

The temperature profile showing the cold and hot composite of the results obtained from
simulation and the experiments conducted by (Helgestad, 2009) researchers for the two parts
of the MCHE. Our simulation results show agreement with experimental results although minor
deviations are evident. After comparing simulation results with experimental data carried out
by other researchers, the observed agreement between the simulation and experimental results
validates our approach and confirms that the simulation correctly represents the physical
processes observed in the experiments.

60



CHAPTER V

5. CONCLUSION AND RECOMMENDATIONS
5.1 CONCLUSION

Based on the simulation results, the research successfully achieved its objectives by developing
and simulating production processes for both Dimethyl Ether (DME) and Liquefied Natural
Gas (LNG).

The findings reveal that:

= LNG has a much higher boil-off gas (BOG) rate than DME, with LNG's pressure
increasing significantly from 0.5 atm to 4.1 atm over 15 days.

= DME pressure rise only slightly from 23.4 atm to 23.7 atm. This shows that DME is
more stable and better suited for long-term storage with minimal evaporative loss.

= DME production has higher energy intensity of 37. 9 GJ/tonne and CO2 emissions of
2.12 kg CO2/kg compared to LNG's lower energy intensity of 2.07 GJ/tonne and
emissions of 1.16 kg CO2/kg.

These results suggest that while DME offers benefits in terms of lower BOG rates, it has a
higher energy penalty and greater environmental impact, reminding the need for further
optimization in its production process to improve its overall energy efficiency and
sustainability. Thus, the choice between DME and LNG production pathways depends on the
specific priorities of the application, whether it be minimizing evaporative losses or reducing

energy consumption and emissions.
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5.2 RECOMMENDATIONS

Based on the findings and limitations of this study, the following recommendations are made

for future research:

= Future studies should extend beyond the technical feasibility explored in this
dissertation to include a comprehensive economic analysis of DME and LNG
production. This should encompass capital and operational expenditures, cost
comparisons between the two production pathways.

=  While this research focused on CO> emissions, further investigation is needed to
explore the broader environmental impacts of DME and LNG production. Future
research could evaluate the impact of integrating carbon capture and storage (CCS)
technologies to DME production.

= Given the higher energy intensity and CO, emissions associated with DME production,
future studies should focus on energy integration approaches to increase the energy

efficiency of the DME process.
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Name
Vapour Fraction
Temperature [C]
Pressure [atm]
Molar Flow [kgmole/h]
Mass Flow [kg/h]
Name
Vapour Fraction
Temperature [C]
Pressure [atm]
Molar Flow [kgmole/h]
Mass Flow [kg/h]
Name
Vapour Fraction
Temperature [C]
Pressure [atm]
Molar Flow [kgmole/h]
Mass Flow [kg/h]

APPENDIX A - DME PRODUCTION DATA

Table A 1: Operating Conditions of DME production process.

Natural Gas NG-2 NG-5 Steam NG-3 NG-4 NG-6
1.00 1.00 1.00 1.00 1.00 1.00 1.00
26.46 151.20 414.38 405.17 301.21 500.00 620.00
7.90 29.61 29.61 30.00 29.61 29.61 29.61
1,000.00 1,000.00 3,110.77 2,000.00 3,000.00 3,000.00 3,110.77
17,416.34 17,416.34  53,446.59 36,030.20 53,446.54 53,446.54 53,446.59
Air Flue Gas NG-7 Reformate Reformate1l To Absorber Produced Water
1.00 1.00 1.00 1.00 1.00 1.00 0.00
25.00 1,951.42 629.39 491.28 200.00 40.00 40.00
1.00 1.00 29.61 28.41 28.41 28.41 28.41
1,900.00 2,138.54 3,110.77 3,298.42 3,298.42 1,453.44 1,844.98
54,815.51 58,298.78  53,446.59 53,446.67 53,446.67 20,208.61 33,238.07
PSA Off-Gas To PSA  To Reboiler Water Water 2 Water 1 Water 3
1.00 1.00 1.00 0.00 0.00 0.00 0.00
41.11 40.01 40.01 25.00 114.77 25.49 232.83
28.41 28.41 28.41 1.00 80.00 80.00 80.00
1,077.26 1,449.22 4.21 4,000.00 4,000.00 4,000.00 4,000.00
15,527.80 20,115.04 93.57 72,060.40 72,060.40 72,060.40 72,060.40

Fuel
1.00
30.00
7.90
200.00
3,483.27
Syngas
1.00
41.11
28.41
371.97
4,587.23
Steam 1
1.00
302.00
80.00
4,000.00
72,060.40
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Name

Vapour Fraction
Temperature [C]
Pressure [atm]

Molar Flow
[kgmole/h]
Mass Flow [kg/h]

Name

Vapour Fraction
Temperature [C]

Pressure [atm]
Molar Flow
[kgmole/h]

Mass Flow [kg/h]
Name

Vapour Fraction
Temperature [C]
Pressure [atm]

Molar Flow
[kgmole/n]
Mass Flow [kg/h]

Flue Gas 1

1.00
344.43
1.00
2,138.54

58,298.78

To DME
Reactor
1.00

180.00

28.41
371.97

4,587.23
DME
PRODUCT (2)
0.01
-178.80
25.00
9.21

417.95

Table A 2: Operating Conditions of DME production process (cont.)

Steam 2

1.00
535.00
80.00
4,000.00

72,060.40

DME
Products
1.00
180.00

28.41
162.64

4,587.13
DMETO
FLASH
0.00
25.00
2451
9.21

417.95

Flue
Gas 2
0.81
-7.48
1.00

2,138.5
4
58,298.
78
L

0.00
180.00

28.41
0.00

0.00
VAPO
R
1.00
25.00
24,51
0.00

0.00

Steam 3

1.00
405.17
30.00
4,000.00

72,060.40
To distillation

0.86
45.00

28.41
162.64

4,587.13
DMETO
STORAGE
0.00
25.00
2451
9.21

417.95

Steam to SMR

1.00
405.17
30.00
2,000.00

36,030.20
Torec

1.00
41.45

22.49
140.28

3,883.00
DME TO
STORAGE (1)
0.00
24.97
24.01
9.21

417.95

Steam 4

1.00
405.17
30.00
2,000.00

36,030.2
0
To
tower
0.00

45.00

28.41
22.36

704.13
DME
BOG

1.00
24.97
24.01

0.01

0.18

Steam
5
1.00
120.65
2.00

2,000.0
0
36,030.
20
DME

0.01

181.14
1.50
9.21

417.95
DME
(L)
0.00
24.97
24.01
9.21

417.77

NG -1

1.00
26.46
7.90
1,000.00

17,416.34

Methanol-
H20
0.00

100.88

2.00
13.15

286.17
DME
BOG(1)
1.00
24.80
23.72
0.01

0.18
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Name

Comp Mole Frac
(Methane)
Comp Mole Frac (H20)
Comp Mole Frac (CO)
Comp Mole Frac (CO2)

Comp Mole Frac
(Hydrogen)
Comp Mole Frac
(Methanol)

Table A 3: Composition of main streams in DME production.

DME PRODUCT DMETO VAPO DMETO DME TO

(2 FLASH R STORAG STORAGE
E (1)
0.06% 0.06% 0.55% 0.06% 0.06%
0.00% 0.00% 0.00% 0.00% 0.00%
0.02% 0.02% 0.48% 0.02% 0.02%
14.42% 14.42%  28.28% 14.42% 14.42%
0.88% 0.88%  45.26% 0.88% 0.88%
0.05% 0.05% 0.00% 0.05% 0.05%

DME
BOG

0.56%

0.00%
0.48%
28.74
%
44.38
%
0.00%

DME
(L)

0.06%

0.00%
0.02%
14.41%

0.85%

0.05%

DME
BOG(1)

0.56%

0.00%
0.48%
28.74%

44.38%

0.00%
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Name

Vapour Fraction
Temperature [C]
Pressure [atm]

Molar Flow [kgmole/h]
Name

Vapour Fraction
Temperature [C]
Pressure [atm]

Molar Flow [kgmole/h]
Name

Vapour Fraction
Temperature [C]
Pressure [atm]

Molar Flow [kgmole/h]
Name

Vapour Fraction
Temperature [C]
Pressure [atm]

Molar Flow [kgmole/h]

Natural Gas
0.99
30.00
40.00
59,078.60
C3-7-NG
0.11
-18.59
2.53
589,637.88
C3-14
1.00
-5.83
2.44
549,131.47
MR-17
1.00
62.90
33.39
117,116.13

APPENDIX B — LNG PRODUCTION DATA

Table B 1: Operating Conditions of LNG production process.

NG-1
0.99
1.66
39.51
59,078.60
C3-8-NG
0.12
-19.70
2.44
589,637.88
C3-15
1.00
-7.88
2.44
646,087.96
MR-18
1.00
30.00
32.89
117,116.13

1.00

28.50

4.77
597,100.00

C3-9-NG

1.00
-19.70
2.44
73,613.33

C3-16

1.00

21.33

4.67
646,087.96

MR-19

1.00

59.62
47.37
117,116.13

0.01

-0.02

4.67
597,100.00

C3-10-NG

0.00
-19.70
2.44
516,024.54

C3-17

1.00

20.72

4.67
665,653.42

MR-1

1.00

30.00
46.88
117,116.13

Propane(C3)-3 Propane(C3)-4 NG-2

0.98
-17.60
39.01
59,078.60
C3-11-NG
0.09
-37.03
1.25
516,024.54
C3-18
1.00
30.00
5.69
665,653.42
C3-3-MR
1.00
28.50
4.77
68,553.42

NG-3
0.98
-35.80
38.52
59,078.60
C3-12-NG
0.11
-38.99
1.15
516,024.54
MR-14
1.00
-45.00
4.34
117,116.13
MR-2
1.00
1.69
46.39
117,116.13

C3-5
0.00
-0.02
4.67
589,637.88
C3-13-NG
1.00
-38.99
1.15
516,024.54
MR-15
1.00
73.20
22.66
117,116.13
C3-4-MR
0.18
-0.02
4.67
68,553.42

C3-6
1.00
-0.02
4.67
7,462.12
C3-13
1.00
-37.96
1.15
549,131.47
MR-16
1.00
30.00
22.17
117,116.13
C3-5-MR
1.00
-0.02
4.67
12,103.33
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Name

Vapour Fraction
Temperature [C]
Pressure [atm]

Molar Flow [kgmole/h]
Name

Vapour Fraction
Temperature [C]
Pressure [atm]

Molar Flow [kgmole/h]
Name

Vapour Fraction
Temperature [C]
Pressure [atm]

Molar Flow [kgmole/h]
Name

Vapour Fraction
Temperature [C]
Pressure [atm]

Molar Flow [kgmole/h]
Vapour Fraction
Temperature [C]
Pressure [atm]

Molar Flow [kgmole/h]

C3-6-MR
0.00
-0.02
4.67
56,450.09
C3-12-MR
0.69
-38.99
1.15
33,106.93
MR-4-V
1.00
-35.68
45.40
53,484.00
MR-7-L
0.02
-133.88
4.84
63,632.13
1.00
-168.53
0.26
5,621.49

Table B 2: Operating Conditions of LNG production process (cont.).

MR-3
0.79
-17.59
45.89
117,116.13
C3.12-MR
1.00
-22.20
1.15
33,106.93
MR-4-L
0.00
-35.68
45.40
63,632.13
MR-11
0.15
-135.33
4.84
117,116.13
0.05
-175.36
0.26
53,457.11

MR-4
0.46
-35.68
45.40
117,116.13
1.00
1.00
30.00
5.69
68,553.42
MR-5-L
0.00
-134.30
40.86
63,632.13
MR-12
0.15
-135.33
4.84
117,116.13

C3-7-MR
0.11
-18.59
2.53
56,450.09
2.00
1.00
30.00
5.69
597,100.00
MR-5-V
0.00
-130.00
40.86
53,484.00
MR-13
1.00
-45.00
4.34
117,116.13

C3-8-MR
0.41
-19.70
2.44
56,450.09
C3-3
0.00
0.66
4.77
597,100.00
MR-6-V
0.00
-157.10
35.92
53,484.00
LNG
0.05
-160.54
1.05
59,078.60

C3-9-MR
1.00
-19.70
2.44
23,343.16
C3.3-MR
0.00
0.66
4.77
68,553.42
MR-7-V
0.03
-158.31
5.33
53,484.00
BOG
1.00
-167.84
0.56
5,621.49

C3-10-MR
0.00
-19.70
2.44
33,106.93
NG-4
0.00
-135.28
33.06
59,078.60
MR-9-V
0.03
-158.31
5.33
53,484.00
LNG 2
0.00
-167.84
0.56
53,457.11

C3-11-MR
0.09
-37.04
1.25
33,106.93
NG-5
0.00
-154.64
28.13
59,078.60
MR-10-V
0.32
-139.60
4.84
53,484.00
LNG -2
0.10
-167.84
0.56
59,078.60
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Name

Comp Mole Frac (Methane)
Comp Mole Frac (Ethane)
Comp Mole Frac (Propane)
Comp Mole Frac (i-Butane)
Comp Mole Frac (n-Butane)
Comp Mole Frac (i-Pentane)
Comp Mole Frac (n-Pentane)
Comp Mole Frac (n-Hexane)
Comp Mole Frac (n-Heptane)
Comp Mole Frac (n-Octane)
Comp Mole Frac (n-Nonane)
Comp Mole Frac (n-Decane)
Comp Mole Frac (H20)
Comp Mole Frac (Nitrogen)

Table B 3: Compositions of main streams in LNG production.

LNG
96.17%
1.73%
0.59%
0.20%
0.18%
0.10%
0.07%
0.10%
0.61%
0.20%
0.03%
0.00%
0.00%
0.00%

BOG
100.00%
0.00%
0.00%
0.00%
0.00%
0.00%
0.00%
0.00%
0.00%
0.00%
0.00%
0.00%
0.00%
0.00%

LNG 2
95.76%
1.91%
0.66%
0.23%
0.20%
0.11%
0.08%
0.11%
0.68%
0.23%
0.03%
0.00%
0.00%
0.00%

LNG -2
96.17%
1.73%
0.59%
0.20%
0.18%
0.10%
0.07%
0.10%
0.61%
0.20%
0.03%
0.00%
0.00%
0.00%

BOG 2
100.00%
0.00%
0.00%
0.00%
0.00%
0.00%
0.00%
0.00%
0.00%
0.00%
0.00%
0.00%
0.00%
0.00%

LNG (2)
95.76%
1.91%
0.66%
0.23%
0.20%
0.11%
0.08%
0.11%
0.68%
0.23%
0.03%
0.00%
0.00%
0.00%
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